
Assessing the Performance of an Industrial SBCR for
Fischer–Tropsch Synthesis: Experimental and Modeling

Laurent Sehabiague, Omar M. Basha, Yemin Hong, and Badie Morsi
Dept. of Chemical and Petroleum Engineering, University of Pittsburgh, Pittsburgh, PA 15261

Zhansheng Shi
National Institute of Clean-and-Low-Carbon Energy, Beijing 102209, P.R. China

Dept. of Chemical Engineering, Beijing Key Laboratory of Green Chemical Reaction Engineering
and Technology, Tsinghua University, Beijing 100084, P.R. China

Haolin Jia, Li Weng, Zhuowu Men, and Ke Liu
National Institute of Clean-and-Low-Carbon Energy, Beijing 102209, P.R. China

Yi Cheng
Dept. of Chemical Engineering, Beijing Key Laboratory of Green Chemical Reaction Engineering

and Technology, Tsinghua University, Beijing 100084, P.R. China

DOI 10.1002/aic.14931
Published online July 14, 2015 in Wiley Online Library (wileyonlinelibrary.com)

The main objective of this study is to predict the performance of an industrial-scale (ID 5 5.8 m) slurry bubble column
reactor (SBCR) operating with iron-based catalyst for Fischer–Tropsch (FT) synthesis, with emphasis on catalyst deacti-
vation. To achieve this objective, a comprehensive reactor model, incorporating the hydrodynamic and mass-transfer
parameters (gas holdup, eG, Sauter-mean diameter of gas bubbles, d32, and volumetric liquid-side mass-transfer coeffi-
cients, kLa), and FT as well as water gas shift reaction kinetics, was developed. The hydrodynamic and mass-transfer
parameters for He/N2 gaseous mixtures, as surrogates for H2/CO, were obtained in an actual molten FT reactor
wax produced from the same reactor. The data were measured in a pilot-scale (0.29 m) SBCR under different pressures
(4–31 bar), temperatures (380–500 K), superficial gas velocities (0.1–0.3 m/s), and iron-based catalyst concentrations
(0–45 wt %). The data were modeled and predictive correlations were incorporated into the reactor model. The reactor
model was then used to study the effects of catalyst concentration and reactor length-to-diameter ratio (L/D) on the
water partial pressure, which is mainly responsible for iron catalyst deactivation, the H2 and CO conversions and the
C51 product yields. The modeling results of the industrial SBCR investigated in this study showed that (1) the water
partial pressure should be maintained under 3 bars to minimize deactivation of the iron-based catalyst used; (2) the cat-
alyst concentration has much more impact on the gas holdup and reactor performance than the reactor height; and (3)
the reactor should be operated in the kinetically controlled regime with an L/D of 4.48 and a catalyst concentration of
22 wt % to maximize C51 products yield, while minimizing the iron catalyst deactivation. Under such conditions, the
H2 and CO conversions were 49.4% and 69.3%, respectively, and the C51 products yield was 435.6 ton/day. VC 2015
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Introduction and Background

In Fischer–Tropsch (FT) synthesis, the syngas (CO 1 H2) is

converted into synthetic hydrocarbon products in the presence

of a catalyst, conventionally iron or cobalt. This synthesis is a

combination of oligomerization reactions to produce mainly

paraffins with typical H2/CO ratios between 2.06 and 2.16.1,2

The FT reactions and the water gas shift (WGS) side reaction

have been reported to be exothermic (DH8FT 5 2165 kJ/mol

at 298 K3 and DH8WGS 5 241.2 kJ/mol at 298 K4). The FT
syntheses, carried out at high (>3008C) and low (<3008C)
temperatures, are known as high-temperature FT (HTFT) and
low-temperature FT (LTFT), respectively. The HTFT synthe-
sis is usually carried out in Fluidized-bed or circulating-bed
reactors to produce volatile hydrocarbons, such as gasoline.
The LTFT synthesis is carried out in Fixed-bed reactors
(FBRs) or slurry bubble column reactors (SBCRs) to produce
heavier hydrocarbons, which upon upgrading, yield a variety
of high-value products, ranging from jet and diesel fuels to
lubricating oil and candle wax. SBCRs have numerous advan-
tages over FBRs,2,5 including better temperature control and
heat removal; lower capital cost; lower pressure drop; ability
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to use finer catalyst particles (<100 lm), higher yield per reac-
tor volume, and fewer necessary shutdowns as catalyst can be
continuously added to or removed from the reactor. Despite
these advantages, however, SBCRs inherit some drawbacks,
such as strong liquid back-mixing, significant catalyst attri-
tion; challenging catalyst separation from the heavy products;
and complex hydrodynamics.

The design and scale-up of SBCRs require, among others,
accurate details of the hydrodynamics, gas-liquid-solid heat
and mass-transfer parameters, and reaction kinetics, including
catalyst deactivation. These data should be determined under
typical FT conditions, that is, pressures up to 10–45 bar and
temperatures up to 210–2608C. Also, these data should be
measured under high gas throughput (up to 0.5 m/s) in a large-
scale reactor [up to 10-m industrial-scale (ID)] operating with
high slurry concentration (up to 50 wt %) for ensuring process
intensification and high space-time yields in commercial
SBCRs. Wilkinson et al.6 reported that to avoid wall effects
and obtain representative data for scale-up purposes, the
hydrodynamic data should be obtained in reactors with
ID> 0.15 m, since the gas holdup was found, in several cases,
to be independent of the reactor inside diameter. Moustiri
et al.,7 however, reported significant changes in the reactor
behavior with diameters between 0.15 and 0.2 m.

Literature studies on the hydrodynamic and mass-transfer
parameters in FT liquids, briefly summarized in Table 1, indi-
cate that most of the data were obtained in small-size reactors,
except for Bukur et al.,9–12 Daly et al.,13 and Patel et al.,14

Behkish et al.,18,19 Sehabiague and Morsi,20 and Krishna
et al.,15 who used reactors with inside diameters >0.15 m.
Bukur et al.,9–12 Daly et al.,13 and Patel et al.14 performed
experiments in a SBCR (0.21-m ID and 3-m height) provided
with perforated plate and bubble cap distributors, and measured

the gas holdup, Sauter mean bubble diameter, solids dispersions
as well as flow regime transitions for N2 in Sasol wax and FT-
300 wax in the presence of iron oxide (0–5 mm) and silica (20–
44 mm) under elevated temperatures (538 K) and ambient pres-
sure. Behkish et al.,18,19 Sehabiague and Morsi,20 conducted
their experiments in a 0.29-m ID, 3-m height column in a three-
phase FT system under both elevated pressures and tempera-
tures, and investigated the effect of various operating parame-
ters on the gas holdup, bubble size, and volumetric mass-
transfer coefficients. Krishna et al.,15 however, carried out their
experiments under ambient conditions, which are far from those
used in actual FT synthesis. Moreover, the values and behavior
of the hydrodynamic and mass-transfer parameters reported in
various FT liquids appeared to be strongly dependent on the
nature of the liquids used. Thus, there is a great need to obtain
accurate hydrodynamic and mass-transfer parameters data using
actual FT reactor cuts under typical FT conditions.

The main objective of this study is to predict the perform-
ance (CO and H2 conversion and C51 products yield) of an
industrial-scale (ID 5 5.8 m) SBCR operating with iron-based
catalyst for FT synthesis, with emphasis on factors affecting
catalyst deactivation. To achieve this objective, a comprehen-
sive reactor model, incorporating the hydrodynamic and mass-
transfer parameters (gas holdup, eG, Sauter-mean diameter of
gas bubbles, d32, and volumetric liquid-side mass-transfer
coefficients, kLa), and FT as well as WGS reaction kinetics,
was developed. To solve the model equations, precise knowl-
edge of the hydrodynamic and mass-transfer parameters
obtained under actual conditions, and FT as well as WGS reac-
tion kinetics are required, keeping in mind that the FT SBCR
should be operated under isothermal conditions. The model
will then be used to predict the effects of catalyst concentra-
tions and reactor heights on the reactor performance and the

Table 1. Literature Studies on the Hydrodynamic and Mass-Transfer Parameters in F-T SBCRs

References Gas-Liquid-Solid System
Reactor

Geometry (m)
Operating Conditions

UG (m/s); P (bar); T (K) Parameter Measured

Deckwer et al.8 N2 Paraffin Wax Al2O3 DC 5 0.04, 0.1 P up to 11
T: 416 & 543
Ug up to 0.04
dp: up to 5 mm
CS up to 16 wt %

eg, kLa

Bukur et al.9–12,
Daly et al.,13

and Patel et al.14

N2 FT-300 Paraffin Wax,
Sasol Arge
wax, Mobil reactor wax
Iron Oxide, Silica

DC 5 0.05, 0.21
HC 5 3

Patm

T: up to 538
Ug: up to 0.15
Ul: 0–0.02
dp: up to 44 mm
CS: 10–30 wt %

eg, dS

Krishna et al.15 Air Paraffin Oil Silica DC 5 0.38 Patm

Tamb

Ug up to 0.5
CV: up to 36 vol %

eg

Vandu et al.16 Air C9–C11 Paraffin Oil
Puralox (Al2O3)

DC 5 0.1 Patm

Tamb

Ug up to 0.4
CV up to 25 vol %

eg, kLa

Woo et al.17 Actual F-T reactive system
with Al2O3

supported Co catalyst

DC 5 0.05
HC =1.5

P: 10–30
T: 480–520
Ug: 0.017–0.136
CS: 9–27 wt %

eg

Behkish et al.18,19 H2, CO, N2, He, CH4 Isopar-M
Glass
Beads, Al2O3

DC 5 0.3
HC 5 3

P up to 30
T up to 473
Ug up to 0.39
CV up to 36 vol %

eg, dS, kLa

Sehabiague and Morsi20 N2, He C12–C13 Paraffin Oil,
Light F-T Cut,
Heavy F-T Cut Iron oxide,
Al2O3

DC 5 0.3
HC 5 3

P up to 30
T up to 530
Ug up to 0.26
CV up to 20 vol %

eg, d32, kLa
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partial pressure of the water produced, which is mainly

responsible for the iron-based catalyst deactivation.

Modeling of the FT SBCR

A model for the FT SBCR was developed with the follow-

ing features: (1) the SBCR is operating in the churn-turbulent

flow regime at steady state; (2) the gas is sparged at the bottom

of the reactor; (3) the slurry is moving upward at a constant

superficial velocity; (4) the catalyst loading inside the reactor

is kept constant by adding in the slurry inlet the same amount

of catalyst particles that leave the reactor in the slurry outlet;

and (5) the heat generated from the reaction is removed using

saturated water flowing in bundles of cooling pipes. The

model is essentially based on the axial dispersion model in

conjunction with the two-class of gas bubbles model.21 The

catalyst particles suspension is modeled using the

Sedimentation-Dispersion model. The interactions between

the small and large gas bubbles are accounted for in the model

using the cross-flow mass exchange term from Rados et al.22

Furthermore, the following key assumptions were considered:

(1) the mass-transfer resistances in the gas-film and in the

liquid-solid film are negligible and (2) the slurry temperature

is constant. According to these assumptions and model fea-

tures, the mass balances of each component in the different

phases over a differential element of the reactor can be derived

as shown in Table 2; and the boundary conditions for solving

these equations are given in Table 3.
As can be seen in Table 3, the boundary conditions for the

gas and liquid phases at the inlet (bottom) of the reactor are

Danckwerts’ type23 conditions. For the solid phase, the aver-

age solid concentration in the reactor is kept constant.
The gas consumption and associated decrease of the gas

superficial velocity was estimated from an overall mass bal-

ance on the gas phase and the pressure profile was obtained

from the hydrostatic head pressure

2
d UG;SB

X
i
Ci;SB1UG;LB

X
i
Ci;LB

� �
dz

2
X

i

kLaLð Þi;SB C�i;SB2Ci;L

� �

2
X

i

kLaLð Þi;LB C�i;LB2Ci;L

� �
¼ 0

(13)

dP

dz
1 eLqSL1eGqG½ �g ¼ 0 (14)

More details of the reactor model and the estimation of the

different parameters involved in Eqs. 1 through 4 can be found

elsewhere.24,25

Properties of the Gas-Liquid-Solid Used

The gases used in the experiments were He and N2 as surro-

gates for H2 and CO, respectively. Both gases were purchased

from Valley National Gases, USA. The reason for using N2

and He mixtures in the experiments as surrogates for CO and

H2 mixture is to avoid any chemical reactions between H2 and

CO in the presence of the iron catalyst which will corrupt the

solubility values and consequently the corresponding mass-

Table 3. Boundary Conditions

Phase Boundary Conditions at Bottom Boundary Conditions at Top

Liquid ULCi;L2eLDL

dCi;L

dz
¼ 0 (5)

dCi;L

dz
¼ 0 (6)

Small Bubbles USBCi;SB2eSBDSB

dCi;SB

dz
¼ USBCi;G;inlet (7)

dCi;SB

dz
¼ 0 (8)

Large Bubbles ULBCi;LB2eLBDLB
dCi;LB

dz ¼ ULBCi;G;inlet (9)
dCi;LB

dz
¼ 0 (10)

Solid Suspension

ðL

0

CSdzðL

0

dz

¼ CS (11) ULCS;outlet ¼ ULCS;inlet (12)

Table 2. Material Balance Equations

Phase Material Balance Equation

Liquid

d

dz
eLDL

dCi;L

dz

� �
2

d ULCi;L

� �
dz

1eL kLaLð Þi;LB C�i;LB2Ci;L

� �

1eL kLaLð Þi;SB C�i;SB2Ci;L

� �
1eLRi ¼ 0

(1)

Small Bubbles

d

dz
eSBDSB

dCi;SB

dz

� �
2

d UG;SBCi;SB

� �
dz

2eL kLaLð Þi;SB C�i;SB2Ci;L

� �

1
K

L
UG;LB2UG;SB

� �
Ci;SB2Ci;LB

� �
¼ 0

(2)

Large Bubbles

d

dz
eLBDLB

dCi;LB

dz

� �
2

d UG;LBCi;LB

� �
dz

2eL kLaLð Þi;LB C�i;LB2Ci;L

� �

1
K

L
UG;LB2UG;SB

� �
Ci;LB2Ci;SB

� �
¼ 0

(3)

Solid Suspension
d

dz
eLDS

dCS

dz

� �
1

d

dz
eLUP2ULð ÞCSð Þ ¼ 0 (4)
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transfer coefficients. Also, experimental data obtained with N2

and CO as a single component in a one-gallon, high pressure,
high temperature agitated autoclave, indicated that N2 is a per-
fect surrogate for CO. These two gases, not only have identical
molecular weights, but also exhibit almost identical solubil-
ities and mass-transfer coefficients in different FT cuts.26

The solid phase used in the experiments is an iron-based
catalyst with a skeletal density of 3380 kg/m3. The particle-
size distribution of the catalyst is listed in Table 4 and accord-
ingly the average particle diameter is 81 lm.

The liquid phase used in the experiments is a molten reactor
wax, which was produced from the ID SBCR used in this
investigation (ID 5 5.8 m) using an iron-based catalyst with
the particle-size distribution given in Table 4. The wax is a
solid at room temperature as its melting point is >908C. The
wax consists mainly of saturated linear paraffins and its esti-
mated molecular weight is 507.64 kg/kmol.

The density, viscosity and surface tension of the molten
wax were measured in our laboratory at different temperatures
ranging from 380 to 460 K using graduated flasks, Cannon-
Fenske routine viscometers and a Fisher Surface Tensiomat,
respectively. These experimental data were modeled as a func-
tion of temperature and predictive correlations were devel-
oped. The vapor pressure was predicted with the Asymptotic
Behavior Correlations developed by Marano and Holder,27,28

assuming the wax composition consists mainly of linear paraf-
fins. From the values obtained a simple equation was devel-
oped for calculating the vapor pressure as a function of
temperature. The correlations for predicting the physical prop-
erties of the molten reactor wax as a function of temperature
are grouped in Table 5 and comparisons between the predicted
and experimental values are shown in Figure 1. It should be
noted that the molten reactor wax used in this study has com-
parable physical properties to those of the molten paraffin wax
used by Deckwer et al.8,29 who reported a density of 670 kg/
m3, a viscosity of 2.0 mPa�s and a surface tension of 0.021 N/
m at 523 K.

Experimental Setup

In this study, a pilot-scale SBCR (ID 5 0.29 m and
height 5 3 m) was used to measure the hydrodynamic and
mass-transfer parameters, and therefore the wall effects should
be negligible. Such data would be valid for scale-up purposes,
since no corrections are needed for pressure, temperature,

reactor size, or system nature. Photos of the reactor and
spider-type gas distributor, which contains 108 orifices of
0.005 m ID, are shown in Figure 2; and other details of this
SBCR can be found elsewhere.18,20

Experimental Hydrodynamic and Mass-Transfer
Parameters

The hydrodynamic and mass-transfer parameters were
measured for N2 and various He/N2 gaseous mixtures in the
molten reactor wax in the pilot-scale SBCR shown in Figure
2, under different operating conditions typical to those of the
LTFT process: P (4–31 bar), T (380–500 K), UG (0.1–0.3 m/
s), and CS (0–45 wt %). The Transient Physical Gas Absorp-
tion technique was used to obtain the overall volumetric
liquid-side mass-transfer coefficients of the gases in the liquid
phase or slurry phase. The manometric method, also known as
the hydrostatic head method, was followed to obtain the total
gas holdup. Also, the Dynamic Gas Disengagement (DGD)
technique was used to obtain the bubble-size distribution and
the Sauter-mean bubble diameters. The experimental proce-
dures followed were similar to those detailed in our previous
publications.18,20,30 The kLa, eG, and d32 values were also cal-
culated using Eqs. 19 through 21 given in Table 6.

Gas holdup

The gas holdup values for N2 and He/N2 gas mixtures in the
molten reactor wax appeared to generally decrease with
increasing the solid concentration under the operating condi-
tions shown in Figure 3. This behavior was due to the increase
of the slurry viscosity and density, which resulted in low gas
momentum per mass of slurry and large gas bubbles as shown
in Figure 4. This behavior is in agreement with previous find-
ings by Vandu et al.16 using alumina particles in a C9–C11 par-
affins mixture; Deckwer et al.8 using alumina particles in
paraffin wax; Bukur et al.,9–12 Daly et al.,13 and Patel et al.14

using iron oxide and silica particles in FT-300 wax and Sasol
wax; Krishna et al.15 using silica particles in paraffins oil;
Behkish et al.18 using alumina particles in isoparaffins mixture
(Isopar-M); and Sehabiague and Morsi20 using alumina and
iron oxide particles in C12–C13 paraffins mixture and FT cuts.
In the absence and presence of solid particles up to 45 wt %,
the gas holdup values for N2 in the molten reactor wax appear
to increase with temperature as depicted in Figure 3, which is
in accord with other literature data.10,18,20 This behavior was
attributed to the decrease of the liquid-phase viscosity and sur-
face tension with increasing temperature which led to the high
gas holdup values.

Moreover, the gas holdup values were found to increase
with reactor pressure, which is in agreement with other
reported findings.18,20,30 This behavior was due to the increase
of the gas density and consequently the gas-phase momentum,
which led to the increase of the gas holdup. Similarly, the gas
holdup of N2 in the molten reactor wax appeared to increase
with the superficial gas velocity due to the increase of the gas
momentum.

The gas holdup values were also found to increase with
increasing the mole fraction of N2 or decreasing the mole fac-
tion of He in the gas mixture, which is in agreement with ear-
lier findings for He, N2 and He/N2 mixtures in an isoparaffinic
mixture (Isopar-M), and in three different F-T liquids.18,20 The
presence of the heavier gas (N2) increases the density and thus
the momentum of the gaseous mixture, leading to the increase
of the gas holdup and to the formation of small gas bubbles,

Table 4. Size Distribution of the Solid Particles Used

Diameter (mm) Volume % finer than

39 10%
56 30%
80 60%
169 95%

Table 5. Correlations for Predicting the Physicochemical

Properties of the Reactor Wax

qL ¼ 978:052 0:5403 T (15)

lL ¼ exp
2504:2

T
24:3371

� �
(16)

rL ¼
1:367 1024T220:1915 T180:486

1000
(17)

log10 PVð Þ ¼ 2
50951

T2
2

1694:1

T
13:146 (18)
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resulting in a greater gas-liquid interfacial area and conse-
quently kLa. Indeed, kLa values increased with increasing the
mole fraction of N2 in the gaseous mixture, with the highest
kLa data observed for N2 as a single component.

Sauter mean bubble diameter

The Sauter-mean diameter of gas bubbles increased with
increasing the concentration of solid particles under the oper-
ating conditions used as shown in Figure 4, which is in agree-
ment with other findings.18,20 This behavior is due to the
increase of slurry viscosity with solid concentrations, which
increases the bubbles coalescence, leading to the formation of
large gas bubbles and consequently large Sauter mean bubble
diameters. In the presence of solid particles up to 45 wt %, the
superficial gas velocity appeared to have insignificant effect
on the Sauter-mean gas bubble diameter for N2 in the reactor
wax, indicating that the addition of solid particles prevented
the gas bubbles breakup. Figure 4 also shows that in the
absence and presence of solid particles up to 34 wt %, the val-
ues of the Sauter mean bubble diameters decrease with
increasing temperature, which can be attributed to the decrease
of the liquid viscosity and surface tension with increasing tem-

perature, leading to the formation of small gas bubbles.18

Figure 5 underscores this behavior since increasing tempera-
ture from 390 to 450 K appears to shift the gas bubbles distri-
bution toward small gas bubbles <3 mm. Figure 4 also shows
that a minimum Sauter mean bubble diameter of about
0.2 mm is reached for solid concentrations up to 20 wt % and
that at the highest solid concentration of 45 wt %, the tempera-
ture has negligible effect on the gas bubbles size.

Volumetric mass-transfer coefficients

Figure 6 shows that in the presence of solid particles, the
volumetric mass-transfer coefficients values for N2 and He/N2

mixtures in molten wax increase with increasing temperature.
In the absence of solid particles, the kLa values appear to level
off after 440 K where the minimum Sauter mean bubble diam-
eter was reached (see Figure 4). Also, at similar temperatures,
kLa values for the same gas-liquid system decrease with
increasing solid concentration, which is in agreement with
other findings.19,20 This behavior can be related the decrease
of the gas holdup and the increase of the Sauter mean bubble
diameter with increasing solid concentration as shown in Fig-
ures 3 and 4.

Figure 1. Effect of temperature on the density (a), viscosity (b), surface tension (c), and vapor pressure (d) of the
molten reactor wax.
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The kLa for N2 in the molten reactor wax, with and without
solid particles, also appeared to increase with increasing pres-
sure, which was due to the increase of the gas holdup and the
decrease of the Sauter mean gas bubble diameter, leading to
the increase of the gas-liquid interfacial area. Moreover, as
expected, kLa for N2 in the molten reactor wax always
increased with increasing the superficial gas velocity, which
was attributed to the increase of the gas holdup and turbulen-
ces, which increased the gas-liquid interfacial area (a) and the
mass-transfer coefficient (kL), respectively.

Comparison with data obtained in a light FT cut

The hydrodynamic and mass-transfer data obtained in this
study for the gases in the molten reactor wax were compared
with those reported for a light FT cut under similar operating
conditions using the same experimental setup.20 The compari-
son showed that the data obtained with each liquid were obvi-
ously different, even though, both liquids are paraffinic waxes
obtained from FT synthesis. For instance, in the absence and
presence of solid particles, at temperatures >440 K, the gas
holdup values obtained with the reactor wax were consistently
greater than those in the light FT cut, although under similar
conditions the viscosity and surface tension and even the vapor

pressure of the reactor wax were always greater than those of
the light FT cut. This behavior could be related to the fact that
the reactor wax was produced using an iron-based catalyst and
as such it could contain more alkenes and oxygenates,31 such
as alcohols, carbonyls and carboxylic acids than those in the
light FT cut, which was produced using a cobalt-based cata-
lyst. The presence of these alkenes and oxygenates could have
led to the formation of smaller gas bubbles, which increased
the gas holdup.

Also, despite the fact that the behaviors of the Sauter mean
bubble diameter in both waxes were similar, the minimum
Sauter mean bubble diameter in the reactor wax, shown in Fig-
ure 4, was about 0.2 mm, which is 50% smaller than that
obtained in the light FT cut (0.4 mm). This behavior is surpris-
ing since the viscosity of the molten reactor wax is greater
than that of the light FT cut, and the Sauter mean bubble diam-
eter is expected to increase with the liquid viscosity.18 Again,
this is most likely related to the presence of alkenes and oxy-
genates in the molten reactor wax.

Furthermore, the kLa values measured for N2 in the molten
reactor wax were smaller than those reported for N2 in the
light FT cut, even though at temperatures above 440 K the
gas-liquid interfacial area in the reactor wax should be greater
than that in the light FT cut due to the greater gas holdup and
smaller Sauter mean bubble diameters of N2 in the reactor wax
than those reported in the light F-T cut. This indicates that the
liquid-side mass-transfer coefficient (kL) of N2 in the reactor
wax is much smaller than that in the light FT cut, which can
be related to its higher viscosity. It is known that the kL of the
gas is directly proportional to its diffusivity in the liquid to the
power 0.5 or 1 according to the penetration theory or the two-
film model, respectively. Therefore, at 500 K, the kL of N2 in
the reactor wax would be 0.46–0.68 of that in the light FT cut
according to the diffusivity equation by Wilke and Chang.32

Figure 2. Photographs of the SBCR (left) and gas distributor (right).

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]

Table 6. Equations for Calculating the Hydrodynamic and

Mass-Transfer Parameters

dCL

dt
¼ kLaðC �2CLÞ (19)

eG ¼ cSqS1 12cSð ÞqL

cSqS1 12cSð ÞqL2qG

12
DPcell

ðcSqS1ð12cSÞqLÞgDHcell

� �
(20)

d32 ¼
P

i nid
3
b;iP

i nid2
b;i

; db;i ¼
U2

b;i

1:69g
; Ub;i ¼

DHcell

t
(21)
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Thus, it is imperative to develop hydrodynamic and mass-

transfer correlations based on the data specifically obtained in

the reactor wax produced with iron-based catalyst to

adequately predict the performance of a large-scale SBCR

operating with this same catalyst.

Comparison with published gas holdup and Sauter

bubble diameter data in SBCRs

Figure 7 shows a comparison between our gas holdup data

and available experimental values obtained by numerous

investigators under different operating conditions as given in

Table 7. As can be observed, the gas holdup data obtained in

this work are notably greater than all other data depicted in the

figure. This behavior can be attributed to the high pressure val-

ues used in this work (15.6 and 20.5 bar), which increased the
gas density, momentum, and thus the gas holdup.34 This
behavior is further supported by that of data sets 5 and 6
obtained at lower pressures of 11.7 and 7.5 bar by Behkish
et al.18,19 Also the relatively high gas holdup (data set 8) by
Deckwer et al.8 obtained at 8 bar and 523 K were measured at
low gas velocities (0.005–0.03 m/s) and no direct comparison
with our data can be made.

The gas holdup data by Bukur et al.9–12 (data set 9) obtained
at ambient pressure (1 bar) and high temperature (538 K) in a
0.21 m ID column are greater than those (data set 7) by Behk-
ish et al.18,19 and those (data sets 13 and 14) by Krishna
et al.15 obtained at 1 bar and 298 K, respectively. This behav-
ior was expected since increasing temperature decreases the
liquid properties (viscosity, surface tension, and density),
which enhance the gas bubbles breakup, leading to the forma-
tion of numerous small bubbles, thus increasing the gas

Figure 3. Effect of temperature and solid concentration
on eG in reactor wax.

[Color figure can be viewed in the online issue, which is

available at wileyonlinelibrary.com.]

Figure 4. Effect of Temperature and Solid Concentra-
tion on d32 in reactor wax.

[Color figure can be viewed in the online issue, which is

available at wileyonlinelibrary.com.]

Figure 5. Effect of temperature on gas bubbles distri-
bution (N2, 21 bar, 0.2 m/s).

Figure 6. Effect of temperature and solid concentration
on kLa in the reactor wax.

[Color figure can be viewed in the online issue, which is

available at wileyonlinelibrary.com.]
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holdup. As a matter of fact, under 1 bar, Bukur et al.9–12

reported small bubble diameters between 0.9 and 1.4 mm at

538 K, whereas Behkish et al.18,19 reported bubble diameters

between 2 and 3 mm at 400 K. Conversely, increasing tem-

perature decreases the gas density and its momentum, thus

decreasing the gas holdup. It appears that the effect of

decreasing liquid properties on the gas holdup was more sig-

nificant than that of decreasing the gas momentum, since the

gas holdup was found to increase with temperature.
Figure 8 shows a comparison between our Sauter mean

bubble diameter (d32) and experimental values obtained by

Patel et al.14,33 and Bukur et al.9–12,33 under different condi-

tions as given in Table 8. It should be emphasized that their

data were measured under ambient pressure (1 bar) and high

temperature (538 K) in different waxes using the DGD tech-

nique in the absence of solid particles. As can be observed in

this figure, our (d32) values (data sets 1–6) vary between 0.18

and 6 mm; and the values (data set 7) by Patel et al.14,33 and

(data set 8) by Bukur et al.9–12,33 measured in a 0.23 and

0.21 m diameter columns, respectively, at gas velocities

(<0.12 m/s) were between 0.27 and 1.7 mm. As mentioned

above, increasing temperature enhances gas bubbles breakup,

leading to the formation of numerous small bubbles; and

increasing pressure shrinks further these gas bubbles, leading

to small values of d32. Conversely, increasing solid concen-

tration, increases the slurry viscosity thereby increasing the

bubble coalescence and the formation of large bubbles,

resulting in high values of d32. Thus, these two opposing

effects should dictate the resultant value of the Sauter mean

bubble diameter. Based only on the temperature, our d32 val-

ues were supposed to be greater than those by Patel et al.14,33

and Bukur et al.9–12,33 since our temperature is lower. Also,

based on the presence of solids in addition to the higher vis-

cosity of the reactor wax used in this work, our d32 was sup-

posed to be greater than those by those authors. However, the

much greater pressure used in this work appeared to suppress

the bubble growth and reduce the bubble size, leading to d32

in the range of from 0.18 to 6 mm, which is in agreement

with previous findings.35

Figure 7. Comparison between our gas holdup data
and experimental literature values.

[Color figure can be viewed in the online issue, which

is available at wileyonlinelibrary.com.]
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Correlations for the hydrodynamics and mass-transfer

parameters

Using the experimental data obtained in our pilot scale

SBCR operating with the molten reactor wax, the following

parameters required by the model described above can be esti-

mated: (1) overall gas holdup; (2) large and small gas bubble

holdups; (3) Sauter mean bubble diameters of large and small

gas bubbles; and (4) gases volumetric gas-liquid mass-transfer

coefficients. The hydrodynamics and mass-transfer data

obtained in the reactor wax were compared with the predictions

of different correlations available in the literature by calculating

the average relative error (ARE), the absolute average relative

error (AARE) and their associated standard deviations (SD).

Overall Gas Holdup Correlation. The overall gas holdup

data were compared with the predictions of available literature

correlations shown in Table 9. It should be noted that most of

these correlations were developed for gas-liquid systems.

Results of the comparisons are shown in Table 10; and as can

be observed the correlation by Sehabiague and Morsi20 gives

the best prediction closely followed by that of Hammer

et al.,36 Joshi and coworkers,37 Wilkinson et al.,6 and Urseanu

et al.38 The correlation by Sehabiague and Morsi20 was further

modified as shown in Eq. 22 to enhance the accuracy of the

gas holdup data predictions as given in Table 10 and Figure 9a

eG ¼ 1:2353104
q0:174

g U0:553
g C0:053

q1:59
L l0:025

L r0:105
L

P

P2Pv

� �0:203
11DC

DC

� �0:117

3exp 20:00015CP21:7831026C2
P2433:9dP10:434X

� �
(22)

Sauter Mean Diameter of Gas Bubbles Correlation. The

Sauter mean bubble diameter data presented in Figure 4 show

that at temperatures above 440 K, the d32 values remain almost

constant at 0.2 mm at various pressures and superficial gas

velocities for low solid concentrations up to 20 wt % (This

corresponds to a volumetric solid concentration of 5 vol %

Figure 8. Comparison between our Sauter mean bub-
ble diameter data and experimental literature
values.

[Color figure can be viewed in the online issue, which is

available at wileyonlinelibrary.com.]
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Table 9. Literature Correlations of the Overall Gas Holdup in BCRs and SBCRs

References Correlation

Akita and Yoshida39 eG

12eGð Þ4
¼ 0:2

gD2
CqL

rL

� �0:125
gD3

C

lL

� �0:083
UGffiffiffiffiffiffiffiffiffi
gDC

p
� �

(23)

Koide et al.40 eG

12eGð Þ4
¼ 0:277

UGlL

rL

� �0:918 gl4
L

qLr3
L

� �20:252

(24)

Hammer et al. (1984)
as reported in36

eG

12eG

¼ 0:4
UGlL

rL

� �0:87 l4
Lg

qLr3
L

� �20:27
qG

qL

� �0:17

(25)

Reilly et al.41 eG ¼ 296U0:44
G q20:98

L r20:16
L q0:19

G 10:009 (26)

Dharwadkar et al.42 eG ¼ 0:07U0:5
G l20:04

L r20:75
L (27)

Bukur et al.10 eg ¼ 0:24
U2

G

dDc

� �0:28
D2

cqslg

rL

� �0:14
 !

where:

qsl ¼
1

Cs

qs
1
ð12CsÞ

qL

� �
(28)

Wilkinson et al.6

UG < Utrans eG ¼
UG

Us;b

UG > Utrans eG ¼
Utrans

Us;b

� �
1

UG2Utrans

Ul;b

Utrans

Us;b
¼ 0:5exp 2193q20:61

G l0:5
L r0:11

L

� �
lLUl;b

rL

¼ lLUs;b

rL

12:4lL

UG2Utrans

rL

� �0:757 r3
LqL

gl4
L

� �20:077
qL

qG

� �0:077

lLUs;b

rL
¼ 2:25

r3
LqL

gl4
L

� �20:273
qL

qG

� �0:077

(29)

Joshi et al. (1998)
as reported in37

eG ¼ 0:62U0:56
G

rw

rL

� �0:15
lw

lL

� �0:15
qG

qa

� �0:15
qw

qL

� �0:15

(30)

Krishna et al.43–45,50

eG ¼ eLB þ edfð12ebÞ

eLB ¼
ðUG2UdfÞ

VLB

; Udf ¼ Vsmalledf

VLB ¼ 0:71
ffiffiffiffiffiffiffiffiffiffi
gdLB

p
ðSFÞðAFÞðDFÞ; dLB ¼ 0:069ðUG2UdfÞ0:376

SF ¼

1
dLB

DC

< 0:125

1:13exp 2
dLB

DC

� �
0:125 <

dLB

DC

< 0:6

0:496

ffiffiffiffiffiffiffiffi
DC

dLB

r
dLB

DC

> 0:6

8>>>>>>>>>><
>>>>>>>>>>:

AF ¼ 2:25þ 4:09ðUG2UdfÞ; DF ¼
ffiffiffiffiffiffiffiffiffi
1:29

qG

r

Vsmall ¼ Vsmall;0 1þ 0:8

Vsmall;0
CS

� �
; Vsmall;0 ¼

1

2:84

r0:12
L

q0:04
G

edf ¼ edf;0 12
0:7

edf;0
CS

� �
; edf;0 ¼ 0:59B1:5

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
q0:96

G r0:12
L

qL

s
; B ¼ 3:85

(31)
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based on the skeletal density of solid particles). Also, d32

values greatly increase with increasing the solid concentra-
tion up to 45 wt %. As shown in Tables 11 and 12, the
correlations by Fukuma et al.46 and Wilkinson et al.,47

which were developed for gas-liquid systems, were unable
to predict the experimental data in the presence of solids
which was not surprising. Similarly, the correlation by
Lemoine and Morsi.48 could not predict the data with
acceptable accuracy. Therefore, a more accurate correla-
tion, similar to that of Lemoine and Morsi,48 was devel-
oped to predict the gas Sauter mean bubble diameter for

catalyst volumetric concentrations less or greater than 5

vol % as shown in Eq. 36

if CV< 5 vol:% d32 ¼ 0:213e2:81CV F

if CV � 5 vol:% d32 ¼ 0:0574e29CV F

F ¼
l0:08

L r1:22
L q0:02

g T1:66U0:14
g

q1:52
L M0:12

Wg

DC

DC11

� �0:3

12eg

� �1:56
C20:02

(36)

Holdup of Large Gas Bubbles Correlation. The data for

the holdup of large gas bubbles were compared with the corre-

lations by Behkish et al.49 and by Krishna et al. 43–45,50 as

shown in Table 13; and due to its superior accuracy (see Table

14), it was decided to include the correlation by Behkish

et al.49 in the reactor model.
Diameter of Large Gas Bubbles Correlation. As shown

in Tables 15 and 16, the correlation by Krishna et al.45 pro-

posed for gas-liquid systems could not predict the size of the

large gas bubbles, whereas that by Lemoine and Morsi52

under-predicted the size of large gas bubbles by an average of

93%. The latter correlation was then modified as shown in Eq.

41 to predict the experimental data with better accuracy as

shown in Table 16

dLB ¼ d0:78
32 121025q0:22

L l0:03
L r8:6

L U0:04
g e2:37

G e2:74
LB

� �
(41)

Volumetric Mass-Transfer Coefficient Correlation. The

experimental kLa data obtained in this study were compared

with the predictions of different literature correlations shown in

TABLE 9. Continued

References Correlation

Urseanu et al.38

(valid for viscous
liquids 0.05–0.55 Pa.s)

eG ¼ 0:21U0:58
G D20:18

C l20:12
L q0:3expð29lLÞ

G (32)

Gandhi et al.37 Support vector regression (SVR)-based correlation (33)

Nedeltchev and Schumpe51

eG ¼ fc

d32fBSB

6AUB

UB ¼
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
2rL

qLde

þ gde

2

r
; SB ¼ p

l2

2
1þ h

l

� �2
1

2e
ln
ð1þ eÞ
ð12eÞ

" #
; VB ¼

pd3
e

6

e ¼

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
12

h

l

� �2
s

; de ¼ ðl2hÞ1=3

fc ¼ 0:78
gðqL2qGÞd2

e

rL

� �20:22
qG

qG�ref

� �0:07

; fB ¼
QG

VB

2 < Ta < 6

l ¼ de

1:14Ta20:176

h ¼ 1:3deTa20:352

8>><
>>: ; 6 < Ta < 16:5

l ¼ de

1:36Ta20:28

h ¼ 1:85deTa20:56

8>><
>>:

Ta ¼ ReBMo0:23; ReB ¼
deUBqL

lL

; Mo ¼ gl4
L

qLr3
L

(34)

Sehabiague and Morsi20
eG ¼ 11241:6

q0:174
g U0:553

g C0:053

q1:59
L l0:025

L r0:105
L

P

P2Pv

� �0:203
11DC

DC

� �0:117

3exp 20:0012CP2431027C2
P2433:9dP10:434X

� � (35)

Table 10. Comparison among Perditions of the Gas Holdup

Correlations

References ARE
SD

(ARE) AARE SD(AARE)

This study: Eq. 22 20.9% 9.5% 7.3% 6.1%
Sehabiague and Morsi20 217.9% 10.1% 18.9% 8.1%
Hammer et al. (1984)

as reported in36
23.0% 20.4% 17.9% 10.2%

Bukur et al. (1990)10 220.93% 18.3% 23.32% 15.1%
Joshi et al. (1998)

as reported in37
29.9% 18.9% 18.9% 9.9%

Wilkinson et al.6 213.9% 18.5% 20.7% 10.3%
Urseanu et al.38 6.5% 22.9% 19.1% 14.2%
Krishna et al.43–45,50 23.6% 19.0% 25.5% 16.4%
Koide et al.40 256.4% 7.3% 56.4% 7.3%
Gandhi et al.37 253.7% 11.6% 53.7% 11.6%
Dharwadkar et al.42 66.2% 35.9% 66.2% 35.8%
Reilly et al.41 71.8% 35.4% 71.8% 35.4%
Akita and Yoshida39 >100% >100% 79.3% 4.7%
Nedeltchev and

Schumpe51
85.8% 47.6% 85.9% 47.5%
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Table 17; and as can be observed in Table 18, the best prediction

was obtained using the correlation by Sehabiague and Morsi,20

which could predict the experimental data with an ARE of

29.9%. This correlation was further modified to increase the

prediction accuracy as show in Eq. 44 and Figure 9b

kLa ¼ 9:3431029
q1:82

L q0:27
g U0:387

g C0:173

M0:02
g l0:25

L r0:976
L

P

P2Pv

� �0:242 DC

0:31DC

� �0:1

3exp 2831029C3
P21:631026C2

P20:8CP11675:7dP10:176X
� �

(44)
Reactor model parameters

Table 19 summarizes the hydrodynamic and mass-transfer

parameters predictive equations used in the model. Table 20

shows the kinetic expressions for the FT and WGS reactions,

developed specifically for the iron-based catalyst used in the ID

SBCR.

Figure 9. Comparison between experimental data and predicted values: (a) gas holdup using Eq. 22; (b) kLa using
Eq. 35.

Table 11. Literature Correlations of the Gas Bubbles Sauter

Mean Diameter

References Correlation

Fukuma
et al.46

d32 ¼
0:59

g

VD

�eg

� �2

;

VD ¼ Ug 12�eg

� �
2Ul�eg

12�eg

� �
�e l

(37)

Wilkinson
et al.47

d32 ¼ 3g20:44r0:34
L l0:22

L q20:45
L q20:11

G U20:02
G (38)

Lemoine
et al.48

d32 ¼ 37:193
l0:08

L r1:22
L q0:02

G T1:66

q1:52
L M0:12

W-Gas

U0:14
G

DC

DC11

� �0:30

12eGð Þ1:56C20:02

3exp 22:29XW12:81CV12:77qPdPð Þ

(39)

Table 12. Comparison among Predictions of the Gas Bubbles

Sauter Mean Diameter Correlations

References ARE SD(ARE) AARE SD(AARE)

Equation 36 234.9% 22.2% 37.4% 17.7%
Lemoine et al.48 >100% >100% >100% >100%
Fukuma et al.46 >100% >100% >100% >100%
Wilkinson et al.47 >100% >100% >100% >100%

Table 13. Literature Correlations of the Large Gas Bubbles

Holdup

References Correlation

Krishna
et al.43–45,50

See Eq. 31

Behkish
et al.49

eLB ¼ e0:84
G 123:0431026 q0:97

L

l0:16
L

e4:5Xw24:49Cv

� �
(40)

Table 14. Comparison among Predictions of the Large Gas

Bubbles Holdup Correlations

References ARE SD (ARE) AARE SD(AARE)

Behkish et al.49 3.0% 24.8% 15.1% 19.9%
Krishna et al.43–45,50 241.9% 24.5% 42.6% 23.3%

Table 16. Comparison among Predictions of the Large Gas

Bubble Diameter Correlations

References ARE SD (ARE) AARE SD(AARE)

Equation 41 0.0% 51.9% 44.2% 27.0%
Lemoine et al.52 293.0% 5.8% 93.0% 5.8%
Krishna et al.45 >100% >100% >100% >100%

Table 15. Literature Correlations of the Large Gas Bubble

Diameter

References Correlation

Krishna
et al.45

dLB ¼ 0:069 UG2Utransð Þ0:376
(42)

Lemoine
et al.52

dLB ¼ d0:96
32 121025q0:22

L l0:03
L r8:60

L U0:04
G e2:37

G e2:74
LB

� �
(43)
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The syngas composition and reactor geometries as well as
the operating conditions used in the model are listed in Tables
21 and 22, respectively.

Modeling results

The product selectivities were estimated assuming that
products with carbon number (n) less than 30 follow the super-
position of 2 Anderson–Schulz–Flory (ASF) distributions,53

while the composition of the reactor wax was used to estimate
the selectivities of the products with carbon number greater

than 30. It should be emphasized that the hydrocarbon product
distribution in FT reactors is dependent on the pressure and
temperature, hence these estimated product selectivities are
specific to the iron catalyst and the operating conditions used
in this study. In addition, literature data by Chang et al.54

available for an iron-based catalyst, similar to the one used in
this study, were used to develop the following correlations to
predict the a-olefins to paraffins (alkanes) ratio

n < 5 Ropn ¼ 21:06n217:18n26:25

n � 5 Ropn ¼ 20:000115n410:00804n320:188n211:4n11:47

(48)

Again, the use of Eq. 48 should be limited to the catalyst
and operating conditions employed in its development since
the FT products distribution strongly depends on the reaction
pressure and temperature.

One of the main factors limiting the yield of a FT reactor is
the catalyst deactivation. It should be emphasized that the
deactivation of iron-based catalysts in the LTFT process is
mainly due to the presence of the water produced by the FT
reaction. Steynberg et al.5 recommended that to avoid rapid
deactivation of the iron catalyst by oxidation, the water partial
pressure in the reactor should be maintained <3 bar. Also, de
Klerk31 suggested that the ratio H2O/(H21CO) should prefera-
bly be kept <0.15. Usually, the syngas composition and flow
rate as well as the operating temperature and pressure will be
selected to achieve the desired product selectivities. Once
those are set, the only remaining adjustable operating

Table 17. Literature Correlations of the Volumetric Mass-Transfer Coefficients (kLa)

References Correlation

Koide et al.40 kLarL

qLDLg
¼

2:11 lL

qLDL

� �0:5 gl4
L

qLr3
L

� �20:159

e1:18
G

111:473104C0:612
V

Vtffiffiffiffiffiffi
gDC

p
� �0:486

D2
C

gqL

rL

� �20:477
DCUGqL

lL

� �20:345
(45)

Nedeltchev and Schumpe51

kLa ¼ fc

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
4DLRsf

pSB

r
fBSB

AUB

Rsf ¼ p

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
l21h2

2
2

l2hð Þ2

8

s
UB

See Eq. 34 for description of other parameters

(46)

Sehabiague and Morsi20
kLa ¼ 7:9931029

q1:82
L q0:27

g U0:387
g C0:173

M0:02
g l0:25

L r0:976
L

P

P2Pv

� �0:242 DC

0:31DC

� �0:1

3exp 21029C3
P10:831026C2

P21:3CP11675:7dP10:176X
� � (47)

Table 18. Comparison among Predictions of kLa
Correlations

References ARE SD (ARE) AARE SD(AARE)

Equation 44 0.0% 14.0% 11.1% 8.5%
Sehabiague and

Morsi20
29.9% 22.0% 20.7% 12.4%

Koide et al.40 216.2% 27.4% 28.2% 14.6%
Nedeltchev and

Schumpe51
>100% >100% >100% >100%

Table 19. Selected Correlations for the Hydrodynamic and

Mass-Transfer Parameters

Gas holdup Equation 22
Large gas bubbles holdup Behkish et al.49

Gas bubbles diameter Equation 36
Large gas bubbles diameter Equation 41
Volumetric mass-transfer coefficient Equation 44

Table 20. FT Catalyst and Kinetics Used in the Modeling

Catalyst Kinetic Rate Expressions Parameters Selectivity Model Parameters

Fe based catalyst rFT ¼
kFTPCOPH2

PCO1aPH2O1aPCO2

rWGS ¼
kWGS PCOPH2O2

PH2
PCO2 =

KP

� �
PCO1bPH2O1bPCO2ð Þ2

kFT ¼ 1:1831027

a ¼ 5:9

kWGS ¼ 0:083

b ¼ 1:9

KP ¼ 79:7

n< 30:
a1 5 0.625
a2 5 0.945
f 5 9.25
n> 30: Selectivities calculated from
reactor wax composition
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conditions that will affect the water partial pressure in the
reactor will be the reactor height and the catalyst concentra-
tion. Therefore, modeling was carried out to predict the effects
of these two parameters on the water partial pressure, syngas
conversion and C51 products yield. In these runs, the average
gas holdups over the reactor height varied from 44 to 53%; the
height-average gas Sauter mean bubble diameters were
between 0.24 and 1.3 mm; and kLa values for H2 were

between 0.53 and 0.62 s21 and for CO were between 0.34 and
0.39 s21.

Figure 10 illustrates the effect of reactor length-to-diameter
(L/D) ratios at various catalyst concentrations on the water
partial pressure at the reactor outlet. As can be seen in this fig-
ure, increasing L/D ratio at a constant catalyst loading only

Table 21. Syngas Composition

Component Mole Fraction

H2 0.5247
CO 0.3446
CO2 0.0002
N2 0.1272
O2 0.0027
CH4 0.0003
H2S <0.02 mg/Nm3

Table 22. The Industrial-Scale FT SBCR Geometry and

Operating Conditions

Reactor L, m 26–42
Diameter, m 5.8

Sparger Sparger coefficient, u 100
Cooling Pipes Number 604

Outside diameter, m 0.057–0.089
Operating Variables H2/CO in the feed 1.7

T, K 528
P, bar 28
Ug, m/s 0.24
UL, m/s 0.00015
CS, wt % 4–30

Figure 10. Effect of catalyst concentration and reactor height on water partial pressure.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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slightly increases the water partial pressure inside the reactor,

while increasing catalyst concentration for a given reactor

height significantly increases the water partial pressure. There-

fore, the water partial pressure at the reactor outlet will be

affected mostly by the total amount of catalyst in the reactor.

As can be observed in Figure 10c, to maintain the water partial

pressure< 3 bars at lower L/D values, higher catalyst loading

can be used; and conversely, at higher L/D values, lower cata-

lyst concentrations are possible. For instance, for L/D 5 4.48,

the catalyst concentration can be increased up to 22 wt %,

while for L/D 5 7.24, the catalyst concentrations should be

maintained <10 wt %.
Figure 11 illustrates the effect of catalyst concentration on

the H2 and CO conversion at different reactor L/D; and as can

be observed at a catalyst concentration of 22 wt % and a reac-

tor L/D of 4.48, the H2 and CO conversions are 49.4 and

69.3%, whereas at a catalyst concentration of 10 wt % and a

reactor L/D of 7.24, the H2 and CO conversions are 48.4 and

62.8%, respectively.
Considering the values of kLa obtained is >0.34 s21 and the

fact that no maximum was observed for H2 and CO conver-

sions presented in Figure 11, it can be concluded that over the

range of operating conditions and catalyst concentrations used

in the modeling, the SBCR is operating in the kinetically con-

trolled regime, that is, the H2 and CO conversions are directly

limited by the slow FT and WGS reaction kinetics, while the

mass transfer is fast enough and has insignificant effect on the
syngas conversion. Also, Figure 11 indicates that despite the

low H2/CO ratio of 1.7 (<2) of the syngas feed to the reactor,
H2 conversion appears to be systematically lower than that of
CO, which can be attributed to the high WGS activity of the

iron-based catalyst. This also means that the H2/CO ratio
given in Table 22 is not optimal and higher syngas conver-
sions could be achieved at lower H2/CO ratios of the syngas

feed. However, this would also have a significant impact on
the product selectivities. According to the results of other stud-
ies3,25,55 with iron-based FT catalysts, decreasing the H2/CO

ratio under 1.7 in the feed, would increase the selectivity of
heavier products, such as wax.

The effects of reactor height and catalyst concentration on
the concentration profiles of CO and H2 in the different phases

(liquid phase, pseudosmall bubbles-phase, and pseudo large
bubbles-phase) were investigated. It should be mentioned that

the concentration profiles for H2 and CO were found to be
qualitatively similar; and therefore only CO data are shown.
Figures 12a, c, and e shows that at a given catalyst loading of

50 tons in the reactor, the concentration profiles of CO in the
gaseous pseudophases slightly change, whereas those in the
liquid phase become less uniform with increasing reactor

height. For longer reactor height, the liquid-phase behavior
approaches a plug flow and the CO concentration profile in the
liquid phase becomes closer to that in the pseudo gaseous

phases. Figures 12b, d, and f shows that at a constant L/D of
5.86, the concentration profiles of CO in the pseudo gaseous
phases and the liquid phase are strongly affected by the cata-

lyst concentration, and accordingly the catalyst concentration
should have a stronger impact than the reactor height on the
syngas conversion and C51 products yield. These data confirm

the behavior observed in Figures 10 and 11 and indicate that
the ID SBCR used in this investigation is operating in the

kinetically controlled regime under the conditions listed in
Table 22.

Figures 13a and b indicates that the reactor height has
almost no effect on the holdup of large gas bubbles, whereas it

significantly affects the holdup of small gas bubbles, as greater
and more uniform holdups are obtained at the tallest reactor.
This behavior can be attributed to the lowest catalyst concen-

trations obtained at the tallest reactor for a constant catalyst
loading of 50 tons. Figure 13c and d shows that the holdup of
small gas bubbles greatly decrease with increasing catalyst

concentration, while that of the large gas bubbles is slightly
affected. This behavior was expected, since experimental stud-
ies15,18 in SBCRs operating in the churn-turbulent flow regime

revealed that increasing catalyst concentrations led to the dis-
appearance of small gas bubbles, while large gas bubbles may

or may not increase in size and population.
Figure 14 shows that maintaining the water partial pressure

in the reactor under the recommended threshold of 3 bar, at a
catalyst concentration of 22 wt % and a reactor L/D of 4.48,

the C51 products yield reaches 435.6 ton/day, while at a cata-
lyst concentration of 10 wt % and a reactor L/D of 7.24, the
C51 products yield only reaches 412.7 ton/day. This is because

the SBCR used in the modeling is operating in the kinetically
controlled regime under the range of catalyst concentrations
and L/D ratios listed in Table 22. Within such a regime, the

effects of shorter syngas residence time (small L/D) and
smaller mass-transfer coefficients (high solid concentrations)
on the reactor performance were less important when com-

pared with those of the reaction kinetics. Therefore, for the

Figure 11. Effect of catalyst concentration and reactor
height on syngas conversion.

[Color figure can be viewed in the online issue, which

is available at wileyonlinelibrary.com.]
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operating conditions listed in Table 22, a short reactor would
be better option to minimize the iron-based catalyst deactiva-
tion while increasing the C51 products yield.

Assuming that the syncrude from this ID SBCR would
undergo an upgrading process similar to that used in the
Oryx GTL plant in Qatar,31 with hydrocracking selectivities

Figure 12. Effect of catalyst concentration and reactor height on the concentration profiles of CO in the different
phases: (a) and (b) for liquid phase; (c) and (d) for large gas bubbles-pseudophase; (e) and (f) for small
gas bubbles pseudophase.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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Figure 13. Effect of catalyst concentration and reactor height on the gas holdup profiles: (a) and (c) for small gas
bubbles; (b) and (d) for large gas bubbles.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]

Figure 14. Effect of catalyst concentration and reactor height on C51 products yield.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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as those reported for an LTFT wax by Leckel,56 the C51

products yield was found to vary from 2700 to 4734 barrel/

day (bpd). More specifically, the yields of naphtha (C5–C10)

and distillate (C11–C22) blends were 1484–2404 bpd and

1216–2330 bpd, respectively. It should also be noted that

significant yields of C1–C4, representing about 25.5 wt % of

the total hydrocarbon products, were produced. Those prod-

ucts have properties similar to synthetic natural gas and

liquefied petroleum gas and amounts of about 6296–

8269 Nm3/h (5.34–7.01 MMscfd) and 2349–2974 bpd,

respectively.

Concluding Remarks

The hydrodynamic and mass-transfer parameters for N2 and

He/N2 gaseous mixtures were measured in an actual molten

reactor wax in the absence and presence of iron-based catalyst

concentrations up to 45 wt % using our pilot-scale (0.29 m)

SBCR. The effects of pressure, temperature, superficial gas

velocity, catalyst concentration, and gas nature on these

parameters were investigated and their behaviors were qualita-

tively found to be mostly similar to those reported in the litera-

ture for FT liquids. A comparison of the experimental data

obtained in the pilot scale SBCR with the molten reactor wax

and a light FT cut indicated that the different behaviors are

most likely due to the difference between the viscosities of the

liquids and the presence of a significant amount of alkenes and

oxygenates in the molten reactor wax. The experimental data

for the gas holdup, large gas bubbles holdup, Sauter mean bub-

ble diameter of large and small gas bubbles, and the volumet-

ric gas-liquid mass-transfer coefficients obtained in this study

were compared with the predictions of available literature cor-

relations. With the exception of the correlation of Behkish

et al.49 for large gas bubbles holdup, new correlations were

developed to predict the measured data with good accuracy.

The selected correlations were subsequently included, along

with FT and WGS kinetic expressions for the iron based cata-

lyst, in a comprehensive reactor model for a large scale FT

SBCR.
Modeling was conducted to predict the effects of catalyst

concentration and reactor height (or L/D ratio) on the water

partial pressure, which is the main cause of iron-based cata-

lyst deactivation, the H2 and CO conversions and the C51

products yield. It was found that the catalyst concentration

has much more impact on the reactor performance than the

reactor height and therefore a short reactor would provide

the best option to minimize catalyst deactivation, while

increasing the products yield. The modeling results indicated

that to avoid rapid deactivation of the iron-based catalyst, at

a reactor L/D of 4.48, the catalyst concentration should be

<22 wt %, whereas at a reactor L/D of 7.24, the catalyst

concentration should be <10 wt %. Under these two condi-

tions, the H2 conversions were limited to 49.4 and 48.4%

and those for CO were limited to 69.3 and 62.8%. Also, the

C51 products yields were 435.6 and 412.7 ton/day, respec-

tively. Thus, under the conditions used in our model, the ID

FT SBCR used should operate in the kinetically controlled

regime with an L/D of 4.48 and a catalyst concentration of

22 wt % to maximize C51 products yield while minimizing

the iron-based catalyst deactivation. However, one may

argue that high solid concentrations could translate into a

more challenging wax/catalyst separation and a tall reactor

would entail higher capital cost.
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Notation

a = FT kinetic coefficient, dimensionless
A = Cross-sectional area of the reactor, m2

b = WGS kinetic coefficient, dimensionless
AARE = Absolute average relative error: 1

n

Pn
1 j

Pred:2Exp:
Exp: j3100%

� �
ARE = Average relative error 1

n

Pn
1 j

Pred:2Exp:
Exp: j3100%

� �
C* = Equilibrium concentration (solubility) in the liquid phase,

mol�m23

CL = Concentration in the liquid phase, mol�m23

CS = Concentration of solid particles in the slurry phase, wt %
CP = Concentration of solid particles in the slurry phase,

kg�m23

CV = Volumetric concentration of solid particles in the slurry
phase, vol %

d32 = Sauter-mean gas bubbles diameter, m
DC = Column diameter, m
DL = Diffusivity of dissolved gas, m2�s21

DHcell = Height difference between 2 sampling ports, m
DPcell = Differential pressure between 2 sampling ports, Pa

g = Acceleration due to gravity, 9.81 m�s22

HC = Column Height, m
kFT = FT kinetic rate constant, mol�kg21 s21 Pa21

kLa = Volumetric liquid-side mass-transfer coefficient (based on
unit volume of liquid or slurry), s21

kWGS = WGS kinetic rate constant, mol�kg21 s21

KP = WGS equilibrium constant, dimensionless
MMscfd = Million ft3/day at standard conditions: 608F (15.568C),

14.696 psia (101325 Pa)
Mw = Molecular weight, kg/kmol

nb = Number of gas bubbles, -
P = Pressure, bar

PV = Liquid-phase vapor pressure, bar
t = Time, s

SD(AARE) = Standard deviation of AAREffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
1
n

Pn
1

ðAbsolute Relative Errori2AAREÞ2
s !

3100%

SD(ARE) = Standard deviation of AREffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
1
n

Pn
1

ðRelative Errori2AREÞ2
s !

3100%

T = Temperature, K
Ub = Gas bubble rise velocity, m�s21

UG = Superficial gas velocity, m�s21

Vt = Terminal velocity of single particle in stagnant liquid,
m�s21

X = Weight fraction of the primary liquid in the mixture (See
Behkish et al.49)

y = Mole fraction of gas component, -

Greek letters

a = ASF model chain growth probability, -
e = Holdup, -
u = Gas sparger coefficient (See Behkish et al.49)
l = Viscosity, mPa�s
q = Density, kg/m3

r = Surface tension, N/m

Subscripts

b = Gas bubbles
c = Column

G = Gas phase
L = Liquid phase

LB = Large gas bubbles pseudophase
P = Particles
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S = Solid
SB = Small gas bubbles pseudophase

w = water
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